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ABSTRACT: Mathematical models of dose controlled reactions based on heat flow data” are quite common and well
developed; however, such predictions for nondose controlled reactions from heat flow data are difficult, requiring extensive study
of the kinetics of multiple chemical transformations as well as physical phenomena such as dissolution and diffusion. Presented
here is a new scale-down methodology to directly observe, in the laboratory, a variety of dose controlled and nondose controlled
large scale thermal effects. This experiment-based scale-down approach has been derived mathematically from first principles, as
well as demonstrated experimentally. This approach limits the heat transfer of the laboratory reactor to the scale equivalent of the
intended large scale vessel by dynamic jacket set points based on the ratio of the heat transfer coefficients of lab and plant scale
reactors. This allows large scale reaction temperature and other temperature-related effects to be mimicked on small scale while
maintaining the time/reaction temperature response profile of the large scale vessel in the laboratory. The result is a method for
the direct observation, in the laboratory, of the scale-up effects of changing a wide range of process variables for both dose
controlled and non-dose controlled systems. Applications for this methodology could include evaluating the effects of proposed
large scale process changes on process safety, product purity, or product physical properties as well as evaluating the effects of

failure scenarios.

B INTRODUCTION AND LITERATURE REVIEW

In general, reaction calorimetry can be segmented into two
basic methods: heat flow and power compensation. Power
compensated calorimetry applies a known heat flow into the
reactor via an immersed heater. With the jacket fluid flow rate
and temperature held constant, any change in reaction
temperature invokes an increase or decrease in the heater
output to compensate and maintain the reaction at the set
reaction temperature. Thus, the heat flow of the reaction is
measured directly as the change in heat applied through the
compensation heater. Heat flow calorimetry, on the other hand,
uses a calibration heater to calibrate the heat flow across the
jacket before and after the reaction takes place. The calibration
heater is energized from time = 0 to time = t. The heat transfer
coefficient times area (UA) is calculated from eq 1.

t t
A Qcalheater = UA A (TT - T]) (1)

Once UA is known, then the same equation is used to
measure an unknown heat of reaction

AtQﬂoszAAt(Tr—Tj)

temperature of the dosed reagent to the reaction temperature.
This can be calculated from the mass of the dose and the heat
capacity of the dose.* Once all the contributing Q terms are
known, Qg,, (heat of reaction) can be easily calculated in
postprocess mode. Most reaction temperatures deviate a few
tenths of a degree centigrade from the set point over the course
of the reaction, as a typical calorimeter has extremely good heat
transfer. Typically large scale reactors cannot accomplish this
level of temperature control, making direct scale-down of
temperature profiles for large reactions impossible under
normal calorimeter control modes.

Mathematical models for reaction scale-up utilizing heat of
reaction profiles from a reaction calorimeter (Qr models) are
commonly used and will not be discussed in detail here. These
are quite accurate and predictive for simple dose controlled
reactions. In the case of a dose controlled reaction, the model
can be time stretched or shrunk to predict the effects of various
addition rates on the batch temperature profile. The model
only remains valid as long as the originally measured heat of
reaction profile is valid, i.e,, as long as the full potential heat of
reaction from the addition of any reagent is immediately
expressed as a change in reaction temperature. Care must be

(2) observed when shrinking the time frame of these models
(looking at the effects of decreased addition times) that dose
L = Qaow T Lacar T Qoss T Liose (3) control is confirmed by experimentation at the shorter addition

The region of interest (unknown thermal event) must be
bracketed with a calibration UA measurement before and after.
It must be assumed that the change in the resulting UA
measurements is constant over time or proportional to some
reaction variable such as reaction completion.’

Traditional reaction calorimetry is typically done isother-
mally to zero out the term for the accumulated heat of the
reaction (Q,.,). Qs is the heat loss to the environment and
can be estimated. Q. is the heat required to change the
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time. These simple models cannot predict changes in reaction
rates or byproduct formation without extensive knowledge of
the complete reaction kinetics, including alternative reaction
pathways and side reactions.

Recently, Niemeier’ developed a scale-down method to
mimic large scale vessels in a calorimeter during dosing
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Table 1. Comparison of Scale-Up and Scale-Down Methods

scale-down calorimetry

® simulation is run at real-life temperature

profile

e mimics dose and nondose controlled reactions

e able to handle physical property changes

during reaction with advanced options

@ heat transfer coefficient and area can be
constantly updated based on real time

measurements. runs

traditional reaction calorimetry
® force constant reaction temperature therefore does not
predict behavior resulting from batch temperature changes

® measures dose and nondose controlled reactions usually
isothermally by direct experimental measurement

e able to handle physical property changes during reaction

o temperature dependent changes in heat transfer coefficient
or specific heat capacity are not seen during isothermal

heat transfer computer models (qr models)

® works well for dose-controlled reactions run isothermally

® purely heat transfer models predict dose controlled
behavior only

o limited ability to handle physical property and temperature
changes of reaction mixture
o temperature dependent changes in heat transfer coefficient

or specific heat capacity must be measured and accounted
for

operations. In this method, the dosing of the reagent is set to be
suspended when the heat transfer across the jacket exceeds a
value predetermined from the heat transfer capabilities of the
large scale vessel. This allows a chemical process with unknown
heat of reaction to be executed over the same time frame as will
occur on scale. This is most easily accomplished with a
calorimeter able to directly measure heat flow such as the
Mettler Toledo RTCal system or with a power compensation
calorimeter.’ (The RC1 with RTCal option is a reaction
calorimeter manufactured by Mettler-Toledo.) Highly accurate
complex dosing strategies can be taken directly from the mass
versus time curve of a lab experiment run under these
conditions simply by multiplying the lab dosing mass by the
scale-up factor. It is unnecessary to apply a scale factor to the
time scale of the curve. This method cannot handle reaction
temperature changes not reflected in the lab scale run and is
only applicable to dose controlled reactions.

Another experimental scale-down approach was developed
and patented by Zufferey and co-workers.”® Their approach
was to calculate the heat released in a lab reactor during a small
time interval. This heat value was multiplied by the scale factor
to determine the large scale heat of reaction. The amount of
energy removed by a theoretically calculated large scale jacket
was subtracted, and a new theoretical large scale reaction
temperature change was calculated. The batch temperature set
point of the reaction calorimeter is then changed to the new
calculated large scale reaction temperature. This involves many
calculations of the heat of reaction and reaction temperature
over a small unit of time. Zufferey states

RC1
RC1 ATr

a2 (K) = mOICp 2 4 UA(TIR) — TR R)

m (k) = m (k= 1)
At
(’I::lose - TrRCI(k)) - X (k)’l—;mb

Cp, *

dose

- T7(k) )

Using the result of eq 4, Zufferey calculated the temperature
change over the time segment on scale using eqs S and 6.

)_

A’I;cale — Sf * qRCl B UA(Trscale B Tjs

cale calc
dt Mcale Cpr
qdose - qloss (5)
Tset RCI = Trsetprevious + ATscale (6)

The calculations depicted in eqs 4, 5, and 6 are updated every
10 s. Each of the terms in eqs 4 and S contribute error to the
AT, calculation.

Our scale-down method is fundamentally different in that we
eliminate much of the compounded calculation error by
allowing the system itself to perfectly “calculate” reaction
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temperature by restricting the heat flow across the RC1 jacket
to the scaled down equivalent of the large scale vessel. We
eliminate the additive and compounding error inherent in
attempting to calculate a ATr through multiple heat flow
calculations for both the large and small vessels by directly
utilizing predicted large-scale jacket temperature values to
calculate RC1 jacket temperatures on the basis of a heat transfer
scale-down model and the current reaction temperature,
completely eliminating the need for heat flow data and a
calorimeter.

In summary, mathematical models can be used in
combination with experiments either in postprocess mode to
facilitate scale-up predictions, or concomitantly within the
experiment to enable a true temperature profile scale-down of
the reaction. Use of a true scale-down approach allows
predictions of impurities, side reactions, gas evolution, or
other mal-events through direct laboratory observation and
analysis of the in-process or completed reactions without any
foreknowledge of reaction kinetics. Table 1 shows a comparison
of scale-up and scale-down methods currently utilized in the
pharmaceutical industry. Using a scale-down approach, it is
possible early in the route selection or process development of
a target to demonstrate manufacturability for a proposed
synthetic step or route. This scale-down method has been
utilized by Lilly to predict the manufacturability of large scale
clinical runs of a highly complex, one pot, multiple step,
multiple solid and liquid phase reaction, while research into a
full kinetic understanding of the mechanism and intermediate
solubilities involved was just getting underway.

It is important to emphasize that our scale-down method
does not require a calorimeter and can be performed in any
computer-controlled, physically well-characterized jacketed
reactor that is capable of accurately measuring reaction and
jacket temperatures and can react to rapid jacket set point
changes.

B MATHEMATICAL FORMULATION OF THE
SCALE-DOWN APPROACH

The basis of our scale-down approach is scale-up first principles
in reverse. Since it is accepted that scale-up behavior can—
within limits—Dbe predicted from small scale heat, mixing, and
heat transfer data, it follows conversely that, restraining the heat
transfer of a laboratory reactor to the mole proportional
equivalent of the large scale vessel while maintaining equivalent
mixing will allow direct observation of large scale temperature
profile and reaction behavior in the laboratory vessel.

List of Assumptions. (1) Reaction starting temperatures of
lab and scale are the same.

(2) The reaction temperature is well below the boiling point
of the reaction mixture such that Q in the lab reactor is small
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and nearly constant at temperatures near the desired batch
temperature. Qy in the scale vessel is negligible.

(3) All raw material quantities are scaled down in the lab
reactor by the reciprocal of the scale factor as defined in eq 8.

(4) All time values in the lab reaction (addition time, etc.)
are identical to those in the large scale run.

(5) Mixing equivalence is assumed between the lab vessel
and the large scale vessel. A discussion of this assumption can
be found under the heading “Calculation of the Heat Transfer
Coefhicient “Ug,,” from a Uy, Measurement”.

(6) The value of all variables is held constant at the starting
value of each Tjy,, calculation time segment (dt). This is based
on the assumption that the change in value of the variable will
be small compared to the absolute value of that variable. This
assumption will also be discussed in the mathematical
derivation section. This assumption must be carefully applied
to very rapidly changing systems.

First Principles Derivation. As with Zufferey’s method, we
break the reaction into small discrete time segments to simplify
the treatment of temporally changing variables during
individual calculation steps. Each calculation is informed by
the previous calculation to account for any change in the value
of the variables since the last calculation. Whereas Zufferey goes
on to do T, calculations based on discrete energy output
measurements from a reaction calorimeter, our method solves
an equivalent equation for a laboratory reactor jacket set point,
thereby allowing the reaction itself to “calculate” the batch
temperature.

The basic energy balance equation (eq 3) for a dosed
reaction can be stated as the heat of the chemical reaction
equals the heat of dosing plus the heat flow across the jacket
plus the heat accumulated in the reaction and heat lost from the
jacket to the atmosphere.

QRxn = Q-accu + Qdose + Qﬂow + Qloss (3)

Basic scale up principles dictate that, for any fixed set of
reaction conditions, the values of Qg/mole and Qg4,,/mole are
independent of scale.

Let us neglect Q. as insignificant for a moment. In practical
application, we will later add back a “calibration factor” which
will account in part for this term as well as some other factors.
We can then solve for the accumulated heat term.

Qaccu = Qnm - Qdose - Qﬂow (7)
Let us define the molar ratio of the two scales as Sf.
S = moles,,,

mOleslab (8)

Now let us propose the design of a reaction system in the lab
vessel such that

Qacculab ¥ Sf = Qaccu scale (9)

By causing the equality in eq 9 by our hybrid method of
experimental design and calculation, we cause the change in
temperature of the reaction masses of both the large and small
vessels to be identical. Thus, if we start the reactions at the
same temperature, the final reaction temperatures will also be
identical.

On the basis of eqs 7,8, and 9, we can set up the following

equality:

1362

ernlab - Qdoselab - Qﬂowlab =

Q—rxn scale Qdose scale Qﬂowscale
Sf (10)

Because our goal is not to just make the final reaction
temperature of the scale and lab reactors equal but to maintain
that equality throughout the entire course of the reactions, we
must define our experimental conditions such that eq 10 is valid
not only for the reaction as a whole but also for any given
moment in time during the course of the reaction. This can be
represented by the conditions set forth in eqs 11—14.

erxnlab _ ernscale*i
dt dt Sf (11)

The equality in eq 11 can be accomplished by assuring all
reagents and solvents are scaled according to eq 8, by
maintaining the same time scale for both large and small
reactions, and maintaining Try,, = T, ; this last condition
shall be discussed later.

dQ—doseIab - deosescale*l

dt dt Sf (12)

Again, the equality in eq 12 can be accomplished by assuring
all reagents and solvents are scaled according to eq 8, by
maintaining the same time scale for both large and small
reactions, maintaining the same dosing temperature for both
scales and maintaining Try,, = Tr,

scale *
d(lﬂow lab _

a

dQﬂowscale *l
dt Sf (13)
Maintaining the equality in eq 13 is the heart of our scale-
down method. To do this we will calculate a series of laboratory
jacket temperatures such that the heat flow across the lab
reactor jacket is exactly 1/Sf that of the large scale vessel at the
same point in the reaction.

anccuIab _
dt

anccuscale *i
it Sf (14)

The equality given in eq 14 follows from setting the reaction
conditions to satisfy eqs 10—13 (A mathematical proof that, by
satisfying eqs 10—14, the relationship Tr,,, = Try,, will hold
true at all points of time during the lab and scale reactions can
be found in the Supporting Information.) and results in the

relationship

T’; = Trlab

(13)

Thus, the lab and scale reaction temperatures can be held
identical for all points in time over the course of the reaction.
Because of the relationships established in eqs 10—14, we can
write

cale

erxnIab _ dQ-ﬂow lab deose lab —
dt dt dt
erxn scale dQﬂowscaIe _ dQ dose scale * i
dt dt dt Sf (16)

In summary, if we can design an experiment to satisfy eq 13,
then it follows mathematically from eq 16 that eq 14 must be
satisfied. Restated, if we can hold, through experimental design,
the Qo and Q,y, terms of the lab reactor proportional by 1/Sf
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at all times and then calculate a series of lab jacket temperatures
such that the lab reactor heat flow is 1/Sf of the large reactor
heat flow at all times, then the accumulated heats and thus the
reaction temperatures will be exactly equal at all times.
Proceeding from the confidence that a lab reaction can be
designed to satisfy our basic assumptions and eq 16, we
propose to derive a continuously updating T}, calculation that
meets the goal of controlling Qg in the lab to 1/Sf of the large
scale reactor (eq 13) at any time during the entire course of the
reaction. To perform these calculations, we must hold
temporally changing values such as reaction temperature,
mass, and volume constant during our calculation update
time (dt) (see basic assumption no. 6), we must select a small
“dt” or calculation time segment such that the change in value
of the temporally changing variables can be considered
negligible compared to their absolute value and thus can be
ignored without causing unacceptable error. Time-dependent
variables such as volume and mass are held constant during
each jacket temperature calculation time increment and
updated with current values prior to the calculations for the
next time increment. Thus, in eq 17, we select a value for dt
such that the difference between the end and start values of
each changing variable is small relative to the absolute value of
the measured parameter. If this cannot be reasonably achieved,
the method should not be used.

We start by expressing the Qg,,, term of eq 16 in terms of its
fundamental relationships to kinetic, thermodynamic, and
physical properties. Thus, for any moment in time,

dQﬂow _ .
ST UA(Tr — Tj) (17)

Going back to eq 13 and substituting the equality in eqs 15 and
17, we derive eq 18.

Sf* UAyy(Tr — Tj,,) = UA o (Tr — Tj

scale) (18)
It is interesting to note that many of the temporally changing
variables that are required to be measured and inputted into the
Zuffery eq 4 do not appear in our calculations because we take
advantage of experimental design to cause them to algebraically
cancel out from eq 16, leaving only the Qy,,, terms behind to
contribute to eq 18. This is caused by an experimental design
that assures scale dependent variables are proportional for any
random time slice of the reaction. Scale independent variables
being of equal value on each side of the equation due to making
the time scales equal must cancel out of the equality at this
point as well. This is not to say these variables are ignored or
otherwise neglected by our method but rather that the method
carries these variables within the lab reaction itself, eliminating
measurement and calculation errors. This is part of the simple
elegance of our method over previous methods. In essence, we
allow the reaction itself to “calculate” and perfectly maintain the
values of many temporally changing variables over the course of
the reaction.

Because we wish to know how to control Tj;, so that the
equality of eq 13 will be satisfied, we solve eq 18 for Tj,,. This
provides our basic scale-down eq 19, which in practice is
recalculated every S to 10 s using updated reaction values from
the lab reactor software.

scale

( UA Tjsca.le )
Sf* UAy,

(Sf* UAIab B UAsca]e)
§f* UAy

scale

= Tj, (19)
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It is important to keep in mind that eq 19 describes the
calculation of the Tj set point from values reported at the end
of the last time segment. This new Tj set point is sent to the
reactor software, after which all variables are updated and a new
Tj set point is calculated to be sent out at the next update. It is
in this way we account for the accumulation of mass and
concomitant changes in reaction volume and heat transfer area
from any ongoing dosing operation, but this can introduce
some delay error, especially in very rapidly changing systems.

Adjustment for Lab Vessel Calibration. A correction is
required to compensate for the small measured temperature
difference between batch temperature and jacket temperature
when the lab vessel is at thermal equilibrium. This difference is
the sum of the Tr and Tj thermocouple calibration errors and
Qo6 Which is heat lost to the environment. Despite neglecting
the Qo term to arrive at eq 7 from eq 3, this term can be
significant, especially at temperatures close enough to the
boiling point of the reaction mixture to cause condensation to
form above the reaction surface and on the reactor head. The
difficulty involved in relating the lab and plant values of this
term is why we make assumption no. 2—the assumption that
the reaction temperature is well below reflux. Given this
constraint, we propose that this correction is only necessary for
the lab vessel and not the scale-up vessel (heat losses are
proportional to surface area/volume). The Q, on scale is
expected to be orders of magnitude smaller than the other Q
terms on the scale side of eq 3.

We define the variable “C” for a calibration factor, where
when d1r =0

C=Tr-Tj and Q,=0

(20)

“C” is temperature dependent because of the contribution of
Qo but if we keep the reaction temperature change to a
minimum, the change in Q. will be small, keeping the error
relatively small. Thus, C can be approximated by equilibrium
measurement of Tr — Tj at the chosen reaction temperature or
an average projected experiment temperature. The constant C
is determined prior to the start of the experiment and is
maintained as a constant numerical value throughout the scale-
down experiment. Applying “C” to the scale-down equation (eq
19) results in eq 21.

(Sf* UAlab - UAscale) (UASC&leTjscale) - C= T]
SF* UA,, Sf* UA, st
1)

Dynamic Heat Transfer Area Calculation. A correction
for the heat transfer area of the large vessel “A,.” is derived
from the equations for the volume and surface area of the
cylindrical portion of the scale reactor and the volume
relationship to density and mass for the dosing. Given the
basis of this calculation, all large scale reactions must have a
starting volume sufficient to completely fill the bottom dish of
the scale reactor. Also, these calculations assume a vertical wall
reactor. Other geometries are easily incorporated into the
formulation of eq 22 for noncylindrical reactors. In eq 22, we
capture the relationship between accumulating reaction mass
and volume due to the dosing event as a change in A (the heat
transfer area) with each new calculation by utilizing the
following mathematical relationship:

2% Sf Amy,,

d*r (22)
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where d is the density of the dosed material and r is the radius
of the large scale vessel. Amy, is informed by update from the
instrument controller software at the end of the previous time
slice calculation. In this manner, the cumulative nature of the
dosed mass is captured as increasing reaction mass, volume, and
heat transfer area during each successive Tj calculation. Thus,
given eq 30, A for each successive calculation is defined as

2%Sf* Amy,y,
Ascalenew = Ascaleprevious T k.
d*r (23)
To simplify the calculation visually, we define a constant Z.
2*8
zZ = f
d*r (24)
Substituting Z into eq 23.
Ascale = Ascale start + ZAmlab (25)

Using the equality established in eq 25, substitute for A, in eq
21.

(Sf* UAlab B ([]scale(Ascale start + ZAmlab)) T
r+
Sf* UAy,
([]scale(Ascale start + ZAmlab)Tjsca]e) _Cc=
Sf* UAy,
T] lab set (26)
Simplify:

Tj =11 = L]scale(Ascale start + AmZ) Tr +

b Sf * UAlab

L]scale(Ascale start + AmZ) Ti —C

Sf* UAyy, * (27)

The use of eq 27 to control the jacket set point of the lab
reactor assumes that A, is also calculated in real time from the
dosed mass and dose density. RC1 software does this
automatically and sends the new value to the calculation
spreadsheet to be incorporated in the next Tj set point
calculation.

Calculation of the Heat Transfer Coefficient U,
from a U,, Measurement. The overall heat transfer of a
system can be expressed as the inverse of the sum of the inverse
of each of the components in series. Equation 28 is simplified
to combine resistances into only three terms, those on the
reaction side of the vessel wall (4,), the vessel wall (h,), and
those on the jacket side of the vessel wall (h,)

1 1 1 1
==+ —+ =
U h h h

() w i

(28)

The sum of those resistances not relating to the reaction
mixture (that is the terms for the wall and jacket side) is equal
to a vessel constant (eq 29). This is called the Wilson intercept
and is a valid assumption over a limited temperature range.

L1y

h h

w o

(29)

This constant can be easily measured for a given vessel using
a method called a Wilson plot.

The method plots U™ on the Y axis and (N/N,)™>* on the
X axis, where N is the agitation rate and Nj, is a small reference
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agitation rate where the internal heat transfer becomes zero.
This is in practice just a small number. The heat transfer of the
vessel is measured at four or five different agitation rates, and
resulting values are plotted on a graph of U™ vs (N/N,)™3.
The data should lay on a line, the y intercept of which is the
Wilson constant (eq 29). The next assumption we must make
is that agitation in the large vessel can be accurately scaled
down to the lab vessel. This assumption is based on the
practical work of Machado in characterizing the Mettler AP0O1-
0.5."° For the purposes of this method, constant power per unit
volume is utilized to predict agitation rates in the lab vessel,
based on the scale factor and large scale agitation rate.'"'>
Maintaining Tr, = Tre,. , using equivalent agitation and
identical reaction composition, ensures proportionality of h; ..
and h; 1, as would be expected from a Dittus—Boelter-like
correlation. This proportionality constant can be measured with
a solvent test near the reaction volume and temperature of
interest in both the lab reactor and the large scale reactor.

P*hy, = h (30)

From eqs 28 and 29 we can solve for the heat transfer
coefficient of the large scale reactor

IJscale - 1
( W
hiscale

1
scale)

iscale

(31)
Substituting the proportionality of eq 30 h; . into eq 32:

1
L]scale = 1
( P by (32)

+ vv;eale)
From eqs 28 and 29 we can solve for k1, in the case of the
lab reactor, as we did for the scale reactor in eq 33.

1

hilab = 1
- W
( Ulab lab

Substituting the equality of k1, in eq 33 into eq 32, U,
can be expressed in terms of scale vessel constants and
laboratory measurements.

(33)

-1 -1

-1
[]scale = P[L - T/Vla\b) + T/Vscale
lab ( 3 4)

Equation 34 is substituted into eq 27 wherever U, is used,
resulting in eq 35. In eq 35, Tjy,;, is now expressed as a function
of easily measurable vessel constants and measurable real time
lab variables, with the exception of Tj scale.

Simulation of the Large Scale Reactor Jacket (Tj
Scale). Precise modeling of the large scale jacket would be an
extremely complex operation involving numerous variables and
equations. To precisely model jacket temperature, one would
first model the controlling PID loop. Realizing that this loop
just controls the flow of hot and cold media into a large mixing
volume (the jacket recirculation loop), one must also account
for valve operation delays, the temperature and flow rates of the
hot, cold, and recirculation loop media, mixing dynamics within
the jacket and recirculation loop, as well as any thermal
transfers to the environment and the reaction mixture.

To simplify the task of simulating the large scale reactor

dx.doi.org/10.1021/0p300036p | Org. Process Res. Dev. 2012, 16, 1360—1370



Organic Process Research & Development

-1

leab =[1-

[
Ul

—1\~!
1
(P(Ulab - VVIGb) ) + I/V;cale (Ascale start + AmlabZ)
Tr +
Sf* UAy
11 -1
- Iab) ) + I/Vsca.le (Ascale start + AmlabZ)

Tjsca]e -C

Sf * UAlab

jacket, we chose the following approximation method. Starting
with the basic PID equation

treset
Tj = Kp(Tr — Tr,,) + K, / (Tr — Tr,)
tO

]scalefunbounded
d(Tr — Tr,,,)
dt

+ | K
( d set (36)
where Tjole unbounded 1S @ theoretical jacket response temper-
ature, Kp is the proportional constant, K; is the integral
constant, and K} is the derivative constant. The constants must
be fitted to approximate a known jacket response. This was
accomplished in a working commercial facility by fitting to past
Tr and Tj trends produced during cleanings and solvent runs.

Equation 36 calculates a theoretical large vessel jacket
temperature that is unconstrained by the realities of the actual
vessel. Thus, the PID calculated Tj must be bounded by a
minimum and a maximum possible jacket temperature, which is
done in Excel utilizing limits entered by the user. A simple if/
then statement is set up where the calculated temperature is
reported if it falls between the upper or lower limit. If the
calculated jacket temperature is less than or equal to the lower
limit, the lower limit is reported; and if it is greater than or
equal to the upper limit, the upper limit is reported.

One must also keep in mind that the PID loop of the large
scale reactor is not directly controlling the jacket temperature
but rather it is controlling the flow rates of hot and cold heat
transfer media using proportional control valves. To approx-
imate this reality, Tj,.. is further constrained by a maximum
rate of temperature change. The large volume of jacket fluid in
the recirculation loop will take time to change temperature
given a limited in-flow and out-flow. Practically, this rate can be
experimentally measured on the large vessel near the
anticipated jacket temperature range of the reaction to be
scaled down. The use of two rates of change, one for cooling
and one for heating, more closely matched the real life jacket
performance observed in all of the large scale vessels we
modeled. An Excel macro was used to calculate the final
simulated full scale jacket temperature incorporating all of the
above calculations and constraints. Table 2 gives typical values
that can be used as a starting point for the Tj scale simulation.

Dynamic U, Correction Based on a Real Time U,,,
Measurement. A correction for changing heat transfer
coefficient “U” can be a valuable addition to this method
when the reaction under study undergoes large physical
property changes. Dynamic heat transfer requires the lab vessel
to be a calorimeter capable of constantly measuring the
laboratory heat transfer coeflicient. Our method is readily
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(33)

adaptable to real-time updating of the Uy, value with
subsequent recalculation of U, , as previously described for
the static case in eq 32.

Table 2. Typical Starting PID Values

max jacket heat rate 6—10 °C/min
max jacket cool rate 3—6 °C/min
integral reset 1-2 min
integral reset multiplier 0—-0.4

K, 2.5-10

K 2

K, 2

Implementation and Programming within Mettler
iControl RCle Software and Microsoft Excel. Control of
the reactor jacket temperature was accomplished using Mettler
iC Data Share. This Excel add-in was in noncommercial beta
release form at the time of this work. It has since been released
as a commercial product. It functions by polling the iControl
software for experimental variables such as mass, batch
temperature, and heat transfer area and then communicating
back calculated values such as Tj set point. A macro was set up
on the I/O Excel sheet that polled the time value coming from
iControl and recalculated the sheet to obtain a new Tj set point
only when that cell had changed. This was necessary in setting
up a PID loop to simulate the large scale jacket temperature.

B EXPERIMENTAL SECTION

A number of preliminary measurements must necessarily be
made to fully characterize the laboratory Mettler RC1 RTCal
(AP01-0.5-3W) reactor and scale-up reactors.

Characterization of a Prep-Scale Two Gallon Scale-up
Vessel. Wilson plots were utilized to characterize the shell side
and wall resistance to heat transfer for a heat exchanger of the
prep-scale vessel (Figure 1).

The vessel inside diameter and dish area and volume were
ascertained from the vessel drawings. These were utilized to
calculate the wetted surface area of a 4 L charge of toluene. A
reference point was marked on the reactor at the unstirred
liquid level. The liquid was cooled to 0 °C, and liquid level
measurements from the reference level were taken at each of
the intended agitation rates. The reactor was heated to 80 °C
and the measurements repeated. This gave a virtual volume vs
temperature correlation at each agitation rate. From this
relationship, the wetted surface area can be determined for any
temperature and agitation rate using surface area equations that
describe the geometry of the vessel. (The dish of this reactor is
jacketed. In most cases, “A” should only include the jacketed
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surface area beneath the liquid level.) The agitator was set to
100 rpm with the solvent temperature at 0 °C. Tr control was
then set to 80 °C while Tr and Tj were recorded. Once the
contents reached 80 °C, Tr control was set to 0 °C, recording
Tr and Tj data until the contents reached 0 °C. This process
was repeated for agitator speeds of 200, 250, 300, and 350 rpm.
Data smoothing was employed, and only areas of the cycle
where Tr — Tj was relatively stable and large were used in the
calculations.

The heating data was much more tightly grouped than the
cooling data. Note however from Table 3 that this made little
difference in the external heat transfer coefficient values.

Table 3. Comparison of Heating and Cooling Heat Transfer
Coeflicients Measured at Various Temperatures in a
Proprietary Design 2 Gallon Vessel

cooling U (W/(m*  heating U (W/(m>  avg U (W/(m?
*1) ') )

temp (°C)
22 96 122 108
32 104 122 112
42 112 126 118
52 121 127 124
62 125 125 125
avg 22—62 112 124 117

The external heat transfer coefficient for the 2 gallon = 117
W/(m* K), which is the average intercept of heating and
cooling cycles at all measured agitation rates >100 rpm and all
temperatures.

Characterization of a Mettler AP01-0.5-3W Glass
RTCal Reactor. A Mettler RCle MidTemp utilizing iControl
5.0 beta and equipped with an AP01-0.5-3W RTCal reactor, an
agitator with two tiers of three pitched blades each, a calibration
heater, and a Hastelloy-C baffle was charged with 250 mL of a
suitable solvent. Heat transfer coefficients (U) were determined
using the calibration heater for 300, 500, 700, and 800 rpm of
agitation at each temperature. 250 mL is our typical fill level
and thus was chosen to represent the majority of our reaction
conditions. The change in Wilson intercept as a function of
temperature is a result of the temperature dependent viscosity
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change of the Mettler MidTemp oil used in the jacket (Figure
2).

Reactor fill level was also explored as a variable and found to
hold to the same Wilson intercept values as long as the fill
remained above 250 mL. There was a significant decrease in the
Wilson intercept below the 250 mL fill level. This result is not
unexpected, as the sensor probes begin to lose sufficient liquid
coverage at approximately 200 mL fills.

Case Study 1: Scale-Down of a Rapid Addition Dose-
Controlled Reaction. The process to produce kilo quantities
of a pharmaceutical intermediate called for the rapid addition of
a reagent to a stirring mixture, resulting in a modest amount of
precipitate formation. This acid—base reaction is dose-
controlled even at very rapid addition rates.

Could this process be scaled up 13-fold into a 2 gallon
reactor? It is possible to accurately predict the maximum batch
temperature utilizing a dose-controlled heat transfer scale-up
model. However, because of the large temperature increase,
such a model may not adequately predict the actual scale-up
effects on variables such as product quality and byproduct
formation. Figure 3 depicts the actual 2 gallon reaction (in gold
and purple) with the first attempt at scale-down simulation
overlaid (in red and black). The Tj,. algorithm used in this
simulation was proportional control only.

The scale-down reaction temperature prediction curve (in
red) and the actual scale-up reaction temperature (in gold) are
in very good agreement. The maximum predicted internal
temperature is within a few tenths of a degree of the actual
scale-up batch temperature, i.e. a prediction error on the heat
rise of less than one percent. However, early in the run, there is
a rapid decline in the lab reaction temperature relative to the
scale-up run reaction temperature. The scale-down internal
temperature curve deviates by as much as 10 °C from the 2 gal
internal temperature curve due to the scale-down reactor’s
jacket response time to set point changes. This is visualized in
Figure 4 by the difference between the lab reactor jacket
temperature (in green) and the lab reactor set point (in blue).
This difference caused an increase in lab scale heat transfer that
resulted in Tr lab deviating from Tr scale. The lab scale jacket
response time is a limitation of the method and must be
considered when simulating large rapid reaction temperature
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changes. Because the scale jacket response and the simulated

scale jacket response differed significantly in the above trial, the

scale vessel jacket simulation algorithm was changed to the

current full PID control and a smaller maximum cooling rate
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temperature simulation.

was used. Figure 5 depicts the same large scale run overlaid

with a new lab run using a full PID loop large scale jacket
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The robustness of the predictions made by this method is
demonstrated in this case study. The simulated scale jacket
response does not have to fit perfectly to get a good prediction
of the on-scale reaction temperature. The large scale maximum
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reaction temperature was predicted to within a few tenths of a
degree, utilizing either jacket simulation method. The reaction
temperature maxima occur at slightly different times. This is
explained by dosing rate differences and thermocouple
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response times. The thermocouple on the large vessel has a
longer response time, and thus the curve maximum on the
Tr,qe trend falls about 90 s after the Try,, trend maximum.
Case Study 2: Nondose Controlled Pharmaceutical
Intermediate Formation. The following example is a
simulation of a 200 kg batch (Sf = 4300) of pharmaceutical
intermediate that exhibits a nondose controlled exotherm. This
process has a proposed mechanism that involves four separate
reactions and several radical changes in reaction viscosity
resulting from heavy precipitations followed by partial
dissolution of the solids. The resulting radical heat transfer
coeflicient changes, reaction temperature changes, and nondose
controlled nature of this process excluded the use of traditional
dose control Qr based computer models. On smaller pilot plant
scale, this batch nearly exceeded temperature limits. Earlier
iterations of the scale-down simulation predicted that the 200
kg batch would indeed exceed the upper temperature
specification as the process was currently run. Adjustments
were made to the process, and the scale-down model was rerun
to give the prediction shown in Figure 6. On scale-up the actual
200 kg reaction temperature and jacket temperatures are
denoted by the gold and purple trends. The scale-down model
predicted the maximum reaction temperature to be 8.4 °C. The
scale-up batch barely maintained the temperature range —5 to
10 °C, with a maximum reaction temperature of 10.4 °C.
Future scale batches were started at a slightly lower
temperature to allow for a wider margin of error. It is
important to note that this scale-down method predicts the
internal temperature—time profile that would be observed at
scale. The predictive ability of this method allows for realistic
impurity generation stress studies, which can be extremely
helpful in both parameter criticality assessment and technology
transfer. Thus, process parameters, such as reaction temper-
ature, dose rate, etc., can be varied in lab stress studies taking
both equipment capability and process capability into account.
Case Study 3: Scale-Down of a Complex Multiphase,
Nondose Controlled Reaction. Figure 7 shows the complex
nondose controlled reaction used to produce a pharmaceutical
intermediate in 250 gal scale compared with the scale-down
prediction in red. The predicted maximum temperature of 68
°Cis 2 °C or only 3% higher than the maximum temperature
observed at scale (in gold). It should be noted that limited data
on the toll manufacturer’s vessel was available prior to the
production run. The vessel heat transfer coeflicient was
estimated using a commercially available computer model,
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and the vessel jacket response was fitted to data from a similar
size vessel in one of our plants. The variations in the scale-up
vessel’s jacket temperature in Figure 7 are due to operator-
controlled manual valves making computer simulation of the
jacket temperature profile challenging. Despite these issues, it is
noteworthy that the scale-down method proved quite predictive
of the Tr,,. trend observed upon scale-up.

The deviation of the final temperatures is explained by the
lab vessel set point being placed at the midpoint of the
acceptable range while the plant operator maintained a batch
temperature near the upper limit of the specified temperature
range.

Case Study 4: Scale-Down of a Slow Addition Dose-
Controlled Reaction. The maximum reaction temperature for
a 13-fold scale-up was required for the production of a starting
material. The RC1 dosing loop was set for 50 min, as this was
the desired addition time on scale. The scale-down model
predicted a maximum reaction temperature of 24 °C. This
dosing time was then utilized in a proprietary design 2 gallon
reactor during the performance of the actual run. The large
scale vessel reached a maximum reaction temperature of 24.9
°C. The scale-down run predicted a maximum temperature 0.9
°C below the actual scale run within +5% of the actual value.
This can easily be explained by the difference in behavior
between the simulated and actual scale jackets. Note that the
simulated jacket (Figure 8: black trend) reacted faster and went
to a significantly lower temperature during the initial exotherm
where Tr,,,, occurs.

B CONCLUSIONS

We have demonstrated both the first principles derivation and
practical application of a computer-controlled experimental
scale-down procedure based on controlling heat transfer
utilizing a lab vessel’s jacket set point. This method has distinct
advantages in computational simplicity over previously reported
methods that calculate and control the lab reactor reaction
temperature set point utilizing real-time heat flow calculations.
Unlike scale-up models commonly used, this method is capable
of predicting reaction temperature profiles for both dose-
controlled and nondose controlled reactions over a wide range
of changing reaction conditions. For nondose-controlled
reactions, this method provides a direct prediction of internal
temperature at scale without estimating reaction kinetics. The
most exciting utility of this method is that it can be used to
assess manufacturability of reactions or reaction schemes early
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in the route selection process, long before a detailed kinetic or
mechanistic understanding of the process is available. Reactions
identified as hard to control on scale can either be discarded
early or receive early reaction engineering support, contributing
to the inherent safety of the developed processes. Because the
reaction temperature profile mimics the scale-up temperature
profile, the result of manufacturing process changes on reaction
temperature and impurity profile can be studied much more
realistically on laboratory scale than has been previously
possible with computer simulations or previous scale-down
methods. This allows for more aggressive scale-up of processes
into production facilities and greater understanding of the scale
dependent effects of process changes. A potential extension of
this scale-down method would utilize a library of scale-up
vessel-specific control parameters, thereby introducing a much
needed connectivity between process control employed in the
lab and manufacturing. Utilizing this method, what-if scenarios
can be easily studied and consequences as to safety, reaction
temperature, quality, reaction time, dosing times, gas evolution,
and much more can be quantified on small scale long before a
process reaches production or even pilot scale. In the future, we
plan to extend this approach to predict temperature—time
profiles for jacketed separation process equipment, such as
jacketed filters and dryers.

Although this method was demonstrated in a reaction
calorimeter, the method mathematically does not require the
measurement of heat flow data to function and thus can be run
in any computer-controlled jacketed reactor for which the
appropriate vessel constants are known.

B ASSOCIATED CONTENT

© Supporting Information

Excel macro to calculate a simulated Tj scale and scale-down
set-points; summary of equations and terms; data tables for
Wilson plots in the experimental section; and a line by line
derivation of Try, = Tt - This material is available free of
charge via the Internet at http://pubs.acs.org.
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